A pilot plant for the continuous adiabatic nitration of benzene was constructed, reproducing the industrial operating conditions, in order to identify the reaction regime prevailing in this industrial process. Important process parameters were tested covering a wide range of operating conditions: reaction temperature (80-135
Introduction
Aromatic nitrations in mixed acid are one of the oldest processes performed in chemical industry, carried out since the 19th century in batch or continuous reactors. However, these are heterogeneous reactions, where mass transfer processes and chemical reaction compete between themselves in a way that is yet not fully understood. These liquid-liquid reactions involve an organic phase dispersed in an aqueous one. The organic reactant (i.e., benzene or toluene) is transferred into the aqueous phase, also called mixed acid, where it reacts with the nitronium ion formed from the nitric acid. The sulphuric acid acts as a catalyst [1, 2] . The strength of the sulphuric acid used determines the type of reaction developed, enabling operation in the kinetic or the fast reaction regimes, if the remaining parameters are kept constant [3] . Important developments have been achieved in the comprehension of these heterogeneous reactions. Zaldivar and co-workers [4, 5] used a batch reactor to study and model the toluene, benzene and clorobenzene nitration reactions with mixed acid in the slow and the fast reaction regimes. However, the study was carried out batch wise and the conditions used are very different from those in current industrial processes, namely the temperature and the reaction time. Several studies have been undertaken to clarify some aspects of these heterogeneous reactions, but they do not usually use industrial operating conditions; for easier experimental implementation they were carried out batch wise, at low temperature with high sulphuric acid strength, low nitric acid concentration and long reaction time. In the industry, at large scale, these processes are continuous, adiabatic, with a short residence time and carried out at high temperature.
A kinetic process study under continuous operation has some important advantages. At steady state, operating 1385 In a batch wise operation these parameters are time dependent and, for instance, the formation of water during reaction has dual opposite impact: it causes a sulphuric acid dilution, which increases temperature but decreases catalyst strength. Another important feature is that, in continuous mode, large volume samples can be collected without interfering with the normal flow hydrodynamics in the reactor. Despite of this, only few studies were carried out under continuous operation conditions [6] [7] [8] , since this operating mode requires more equipment, instrumentation and control and consumes more reactants, and therefore, has a higher cost. In most industrial applications, the reaction regime prevailing in the nitration reaction is not known. The aim of this work is to clarify some important aspects of this heterogeneous system. The work developed uses a pilot plant reactor where the industrial operating conditions of a continuous adiabatic benzene nitration process were used, in order to better understand the phenomena involved in these mass transfer reaction processes.
Mass transfer with chemical reaction
Several studies have been undertaken in gas-liquid and liquid-liquid chemical reactions where at least one of the reactants has to transfer from another phase. Important contributions are reported in literature [9] [10] [11] . To identify the reaction regime in heterogeneous reactions the Hatta number (Ha) is used, which for a first or pseudo-first order reaction can be defined by [11] :
where k is the reaction rate constant, D is the diffusion coefficient of the diffusing specie and k L is the mass transfer coefficient between phases. According to Chapman and Strachan [12] Eqs. (2) and (3), which are modifications of equations proposed by previous authors [13, 3] , can provide the diffusion coefficient of an aromatic compound in the mixed acid,
where x i and M i are the mole fraction and the molecular weight of species i, respectively. The mass transfer coefficient into the continuous aqueous phase, where the reaction takes place, can be calculated with Eq. (4) suggested in the sixties by Calderbank and MooYoung [14] , which is still used in recent works on liquid dispersions [15] :
where P is the power dissipated by the agitator and can be expressed as
where P o is the power number. For a two-paddle impeller and in the range of Reynolds number used in this work, P o is equal to 0.63 [16] . When Ha is less than 0.3, the process is controlled by the chemical reaction rate and this is called the kinetic regime or slow reaction regime. If Ha is greater than 2, the chemical reaction is very fast and the diffusion resistances to mass transfer dominate the global heterogeneous reaction rate. In the intermediate regime both phenomena contribute and their influences cannot be dissociated. Since parameters like the kinetic constant and diffusion and mass transfer coefficients can be difficult to obtain, especially when the heterogeneous reactions are catalysed, as is the case of the aromatic nitrations, consensus on regime definitions is not always obtained. Most papers in literature study well-settled regimes like slow, fast or instantaneous regimes and avoid the intermediate regime as it is difficult to work in a region where the mass transfer and the chemical reaction compete between themselves [4, 5, 17] . Recently, Benbelkacem and Debellefontain [18] studied the intermediate regime using a gas-liquid reaction. To quantify the phenomena involved in these heterogeneous reactions the film model was used, despite being known as a simple representation of a complex phenomenon. Recent studies report good results with this model [4, 5, [17] [18] [19] .
Determination of the rate constant for the benzene nitration
According to Olah et al. [2] , in the nitration of aromatics, the reaction mechanism involves the formation of the nitronium ion, NO 2 + , and the extent of this dissociation can range from 0 to 100%, depending on the mixed acid composition [2, 20, 21] . Thus, an appropriate mixed acid composition is crucial for establishing the reaction rate and the by-products formation [22, 23] . Several authors [24, 25] studied the nitration reaction of aromatic compounds like benzene and toluene with mixed acid and concluded it is a second order reaction. The nitronium ion concentration in Eq. (6) can be replaced by the nitric acid concentration, easier to measure, if the kinetic constant (k 2 ) is replaced by the observed kinetic constant (k 2obs ). However, in the aqueous phase the nitric acid concentration is much higher than benzene, leading to a pseudo-first order reaction with a pseudo-first order kinetic constant k:
As the aromatic nitration is an acid catalysed reaction, the observed second order kinetic constant depends on the sulphuric acid strength and on the temperature [26, 27] . The strong dependence of the observed kinetic constant on the sulphuric acid strength is registered in Fig. 1 where the k 2obs values obtained, at 25 • C by Deno and Stein [26] and at 40 and 60 • C by Marziano et al. [27] , are plotted as function of the sulphuric acid weight concentration. A second order polynomial expression was used to fit these experimental data. For a given sulphuric acid strength these fits were used to calculate the ln(k 2obs ) for the three temperatures available and the Arrhenius' law was used to calculate the activation energy (E a ) and the pre-exponential factor (k o ) that depend only on the catalyst strength. In the range of interest for this work this procedure was repeated for different sulphuric acid strengths and the results were plotted in Fig. 2 . The following equations correlate E a and k o to sulphuric acid weight fraction S:
The accuracy of this strategy is confirmed in Fig. 3 where the estimated values of log(k 2obs ) are compared with the experimental results obtained by Deno and Stein [26] at 25 • C and by Marziano et al. [27] at 40 and 60 • C. The relative error of the estimated values is below 5%, for the data of Deno and Stein [26] , and predictions with relative errors below 2% were obtained for all experimental values of Marziano et al. [27] , which confirm the validity of this method. 
The film model
The film model used to describe a heterogeneous mass transfer enhanced by chemical reaction is fully presented in the literature [10, 11] . Here, it is illustrated for the case of the benzene heterogeneous nitration. This model is based on the following assumptions: the fluid can be divided into two distinct zones-a stagnant film of thickness δ,
near the interface and a perfectly mixed homogeneous bulk where concentration gradients do not occur; the mass transfer process is at steady state and isothermal. In Fig. 4 , a schematic representation of this model is presented for the benzene nitration, which has as main reaction product the mononitrobenzene (MNB), and where the mass transfer resistances in the organic phase are neglected. Using the film model, with a pseudo-first order reaction, a steady state mass balance to the benzene in the film of the aqueous phase leads to with boundary conditions:
The solution of this differential equation is given by [11] :
The benzene concentration at the interface, C B, film (0), can be obtained by C B,film (0) = mC org B (12) using the partition coefficient m, as described by Zaldivar et al. [4] .
Model for the continuous pilot reactor
The pilot reactor is considered to work as a perfectly mixed continuous reactor (CSTR) and is described in more detail in Fig. 5 . Schematic representation of the pilot reactor using the film model. the experimental section. In Fig. 5 , the pilot reactor is represented conceptually using the film model with two different main zones corresponding to the phases present. The organic phase inlet stream (1) contains benzene and the outlet stream (3) contains the reaction product, mononitrobenzene (MNB) and unreacted benzene. In this phase, assumed as perfectly mixed, the benzene concentration is as illustrated in Fig. 4 . The second zone represents the aqueous phase, which is divided into the film and the bulk. The bulk is also well mixed without concentration gradients, while the film exhibits a concentration profile according to the model. This model considers the reaction as occurring only in the aqueous phase, both in the film and the bulk; it is considered that under this operating conditions no nitration reaction occur in the organic phase. Several authors refer that some undesired reactions, or even to a small extent the nitration reaction, may occur in the organic phase [28] [29] [30] . This may be due to the solubility of the nitric acid in the organic phase, which is higher than the water and the sulphuric acid solubilities [29] , leading to the increase of the nitration's by-products formation by oxidation of the unreacted benzene to phenol [31] . The nitric acid may be transferred to the organic phase along with MNB formed, due to its higher solubility in MNB than in benzene [32] . Nevertheless, the maximum rate of nitration in the organic phase is many orders of magnitude less than in the aqueous phase and can be neglected [25, 30] .
Our aim is to predict the benzene and the MNB concentrations at the reactor outlet, and compare the predicted values with the experimental concentrations measured. For that purpose, the complete reactor mathematical model must include the mass balances to the organic phase and to the film and the bulk of the aqueous phase. Considering that the reaction occurs only in the aqueous phase, the mass balances for benzene in both organic and bulk of aqueous phases at the steady state can be formulated as follows:
− aVJ B,x=0 (13) Bulk of aqueous phase :
The linkage between these equations is achieved by calculating the benzene molar flux (J B ) between phases which, for a given space coordinate x 1 , is given by
The molar flux of benzene across the interface between the organic phase and the aqueous film can be obtained by differentiating Eq. (11) at x = 0. The molar flux from the stagnant film to the bulk phase can be calculated using the same strategy at x = δ. According to Westerterp et al. [11] , the molar flux across the interface from the organic to the aqueous phase (x = 0) where a benzene concentration prevails is given by
For slow (Ha < 0.3) or fast (Ha > 2) reactions, the molar flux can be approximated to the following asymptotic expressions, respectively:
Ha > 2.0 :
This means that for slow reactions the molar flux is independent of both the diffusion coefficient and the kinetic constant, depending only on the mass transfer coefficient, like in a pure mass transfer process with no reaction involved. On the other hand, for fast reactions the molar flux is enhanced by the chemical reaction and is independent of the mass transfer coefficient. Yet, the global reaction rate is always dependent on the effective interfacial area through which the molar flux occurs. For the slow reactions the interfacial area influences only the mass transfer and the rate-limiting step is the reaction that occurs only in the bulk phase. For fast reactions, the organic reactant is exhausted in the aqueous film, and the process is controlled by the mass transfer resistances and influenced by the interfacial area, the diffusion and the kinetic constant and not dependent on the bulk size. In the intermediate regime, 0.3 < Ha < 2, Eq. (16) must be used to obtain the molar flux at x = 0.
The simultaneous solution of Eqs. (13) and (14) allows the prediction of the outlet benzene concentration in the organic phase (C 3B ), which can be achieved analytically:
In order to solve the mass balance equations, it is important to quantify the relative volume occupied by the film and the bulk in the aqueous phase. This is accomplished through the Hinterland ratio (Al) defined as the volume ratio between aqueous phase and the film:
This equation can be re-written to evaluate the film holdup fraction
and the last equations enables the quantification of the bulk hold-up fraction
The effective interfacial area is a relevant parameter in two-phase reactions, since it depends not only on the reacting system, its composition and physical properties, but also on the reactor design. Previous work carried out in this pilot plant, for a reacting system identical to the one used in this study, led to [33] :
where ε represents the hold-up fraction of the organic phase and the Weber number (We) depends on the agitation, impeller and physical properties of the liquids involved, such as the aqueous phase density and the interfacial tension between the two liquid phases.
Experimental procedure
The pilot plant used in this experimental work is described elsewhere [31] . A Teflon continuous flow stirred tank reactor is used to mix the water and the sulphuric and nitric acids streams, to produce the mixed acid. The mixed acid stream passes through a glass/Teflon heat exchanger to control its temperature before entering the main glass/Teflon reactor, where it reacts with benzene. Construction details of the main reactor are given in elsewhere [33] , and the operating procedures used in these experiments are described in Quadros et al. [31] . A two-paddle impeller described in Quadros and Baptista [33] was used. The pilot plant reproduces the continuous adiabatic benzene nitration process and every process variable (temperature, residence time, flow rates, stirring speed and reactants level in the feeding tanks) was measured and registered on-line.
A run in the pilot plant consists in setting the flow rates, feed temperatures and stirring speed and waiting until every monitored variable profile becomes stabilised. This corresponds to a steady state in the continuous reactor. After this stage, samples of the reacting mixture and mixed acid were collected. The stirring speed is then changed to a new set point to obtain a new set of data. The procedures used during the run, as well as to handle samples are described in previous studies [31] . The samples collected were separated and prepared for analysis. The acid phase was titrated against solutions of 1 M sodium hydroxide and iron sulphate to determine the total acidity and the nitric acid concentration, respectively. The organic phase was diluted in methanol and analysed by GC, using a silica gel DB-1 J & W column.
In order to reproduce the industrial conditions, a sulphuric acid strength of 68% (wt), free from nitric acid, and a residence time of 2 min had been used in every run. Other important operating parameters were the molar feed ratio between the benzene and the nitric acid (F B /F N ), the temperature of the mixed acid (T mixed acid ), the nitration temperature (T nitration ), the stirring speed (N), the hold-up fraction (ε), the feed ratio between the volumetric flow rates of the aqueous phase and the organic phase (Q aq /Q org ) and the weight fraction of the nitric acid in the mixed acid. These operating conditions are summarized in Table 1 . The process is adiabatic, within experimental accuracy. The benzene is fed at room temperature in every run. This explains why, for low stirring speed and small reaction extension, the nitration temperature is lower than the mixed acid temperature. Although in industrial practice, an excess of benzene is used with a molar feed ratio F B /F N in between 1.06 and 1.08, here this ratio was tested further in the range from 0.96 to 1.15. The volumetric ratio between phases is close to 8, which is normally a reference value in industrial adiabatic nitrations.
It is important to mention that the 68% sulphuric acid strength usually reported in the industrial process refers to the initial concentration in the sulphuric acid feed, which is free from nitric acid. The mixed acid formation decreases this concentration leading to a nitric acid concentration of approximately 5% and a sulphuric acid concentration about 57-58% in the mixed acid stream. The sulphuric acid concentration inside the reactor ranges from 58 to 63%, according to the conversion of nitric acid that leads to a decrease in the total acidity by water formation, increasing however the weight fraction of the sulphuric acid.
The nitration temperature used in these experiments (80-135 • C) was much higher than in previous studies reported in the literature carried out below 40 • C [4, 5] . This enabled to gather information in the range of temperature used in aromatic nitration plants. 
Results and discussion
In the range of reaction temperature and sulphuric acid strength used in industrial adiabatic nitrations, and tested in this study, the results reveal that the production of MNB is highly dependent on the stirring speed as illustrated in Fig. 6 . In a recent paper, Quadros and Baptista [33] studied the influence of the stirring speed upon interfacial area formation. Eq. (24), which relates the effective interfacial area to stirring speed, was used to build Fig. 7 , using data from run 4. Figs. 6 and 7 , which correspond to the same run, support the relevance of interfacial area on this liquid-liquid reaction dependent on mass transfer. The shape of the three curves in these figures emphasises their interdependence in this adiabatic process; as interfacial area increases the extent of reaction augments and produces a temperature increase. A similar trend when studying the influence of stirring speed has been registered by other authors [8, 30] in their isothermal experiments with CSTR's at lower temperatures.
The first step on the use of a process model to correlate these experimental results is to find the reaction regime where the reaction occurs, i.e. slow, intermediary, fast or instanta- neous reaction. The parameter used to describe the reaction regime is the Hatta number in Eq. (1) where the k constant for this pseudo-first order reaction is given by k = k 2obs C HNO 3 . For every experimental run in this study the Hatta number was comprised between 0.3 and 2, as illustrated in Fig. 8 , which corresponds to the intermediate regime where both mass transfer and kinetic parameters interfere with the global reaction rate. To improve clearness not every run is represented in Fig. 8 but it is important to register that in some runs a maximum value of Ha occurs for a given interfacial area, which is not the maximum area attained in the run. Since the Hatta number is proportional to the square root of nitric acid concentration and a larger interfacial area increases the reaction rate consuming more nitric acid, the pattern in Fig. 8 is explained. Nevertheless, this drop on Ha is not followed by a decrease in the MNB production, as illustrated in Fig. 9 , where the MNB concentration increases steadily even when Ha decreases, as happens in runs 3, 4 and 5. From these figures, it is possible to confirm that the MNB production is not only dependent on the Ha number, since for higher Ha a lower MNB production can be attained as registered in run 1, particularly when lower interfacial areas are used. The higher Hatta numbers in run 1 are a consequence of nitric acid excess relative to benzene, which increases Ha, but does not dispose enough benzene in the aqueous phase for reaction. Fig. 9. MNB production vs. Ha, runs 1, 3, 4, 5 and 6 . On the other hand, the range of Ha in run 3 reflects the nitration temperature and the stirring speed used. A high Hatta number can also be related to a high nitration temperature, since an increase in temperature causes a significant increase in the kinetic constant. However, if the interfacial area and the benzene amount available are smaller than in lower temperature experiments, it will not lead to an increase in the overall reaction rate. This reveals a close relation between the reaction temperature and the MNB production as highlighted in Fig. 6 and registered in Fig. 10 . In Fig. 10 , it is possible to observe that, for the same reaction temperature, different MNB productions are obtained. These differences can be due to the interfacial area available for reaction that improves conversion and heat production. Moreover, the mixed acid feed stream temperature must contribute to this pattern as well, since different temperatures of the mixed acid lead to different reaction temperatures. This is an important remark since it will allow optimising the reaction temperature in order to achieve the same productivity, with energy savings and selectivity improvements [31] . However, these are not the only parameters that affect the MNB production. For the same temperature, an increase in MNB formation is noticed in the runs with a higher F B /F N ratio. This parameter together with the interfacial area can lead to a high increase in benzene conversion, even if the reaction temperature is decreased and, by arranging these parameters, the conventional industrial adiabatic nitration process can be optimised with important by-products reduction [34] .
In the range of Hatta number used, it is assumed that the benzene reacts in the film and in the bulk of the aqueous phase. The mathematical model for this system using the intermediate regime (Eqs. (19) and (20)) was used to calculate the benzene outlet stream concentration. For a particular run (5) and for each stirring speed these results are plotted in Fig. 11 , together with the experimental data. A very good agreement between the experimental and the predicted results is obtained, confirming the adequacy of this model to describe the reaction and transport processes involved in the benzene nitration in the range of operating conditions used. The model results when assuming fast and slow reaction regimes are also represented in Fig. 11 . It can be observed that the predictions of these limit regimes clearly deviate from the experimental data, especially for the case of the slow reaction regime. Moreover, these results prove that, although benzene nitration under industrial operating conditions is usually considered as a fast reaction limited by the diffusion resistances and modelled thereafter, this may not be the most correct assumption. For the fast and the intermediate regimes, where mass transfer resistances are relevant, the pattern of the outlet benzene concentration in Fig. 11 is clearly dependent on increasing stirring speed, especially in the lower stirring speed range, while a gentle slope is registered for higher stirring speeds. This is in full agreement with the pattern of interfacial area versus stirring speed in Fig. 7 . For the slow reaction regime, the limiting step is the chemical reaction and the interfacial area is not so influential as registered in Fig. 11 .
In this model, it is assumed that the MNB produced is instantaneously transferred to the organic phase. However, according to the literature [32] this compound is more soluble in the aqueous phase than benzene. Therefore, it is interesting to check the model by confronting experimental and model predictions for MNB weight percentage in the organic phase of the outlet stream. This is achieved in Fig. 12 where the weight percentage of MNB is plotted against stirring speed for different reaction regimes, including the experimental results. Once again, a very good match is achieved between experimental and model results and the intermediate regime is adequate for the operating conditions tested. In Fig. 12 , which illustrates run 4 results, the differences between the intermediate and fast regimes are not so outstanding as in Fig. 11 . The Hatta numbers in run 4 are also higher than in run 5 represented in Fig. 11 (see Fig. 9 ), and therefore, closer to the asymptotic solution that corresponds to a fast reaction. In the lower stirring speed range every model predicts almost the same MNB content in the organic phase, which, for this particular run, does not correspond to the experimental value. However, in these lower stirring speed ranges, where the turbulent flow regime is not fully developed, the interfacial area estimation is more difficult, as reported in literature [33] and this may explain these differences. Nevertheless, Fig. 13 reveals that this may be just a less accurate experimental value. As Fig. 13 shows, for every run the MNB content is estimated with less than 15% error. This can be considered remarkable, having in mind that in this model a great number of parameters have been estimated and several correlations used, such as mass transfer and diffusion coefficients, kinetic constants, solubilities, power input and effective interfacial area, among others.
According to the film theory, in the intermediate regime, part of the reaction occurs in the film, while the other is carried out in the well-mixed bulk. Since the stirring speed, by means of the effective interfacial area, plays an important role in the film and bulk dimensions, it is important to increase the film/bulk volume ratio when the reaction starts to be faster. It is interesting to analyse the film and bulk hold-up fractions as functions of the stirring speed in the reactor, using the Hinterland ratio and Eqs. (22) and (23) . Fig. 14 registers the variation of the different hold-up fractions in the reactor, for run 7. The organic and aqueous hold-up fractions can be considered as independent of the stirring speed. However, due to the fact that the molecules of MNB produced have a bigger size than the benzene molecules, while on the other hand the nitric acid molecules consumed are bigger than the water molecules produced, the organic and aqueous phase hold-up fractions register small changes due to increase in process conversion, which is augmented by the stirring speed. The same is not true for the film and bulk hold-ups. In this case, for the lower stirring speeds where small interfacial areas prevail, the hold-up fraction of the film is very small and most of the volume of the aqueous phase is in the bulk. However, when the stirring speed and the interfacial area increase an inversion on the size of these hold-ups occurs. The film hold-up becomes much larger than the bulk, leaving much more active places for the reaction to occur. To reinforce that by increasing stirring speed the reaction takes place mostly in the film, it seems important to quantify the percentage of benzene converted in the film phase, which is represented in Fig. 15 for run 7. Even for the lower stirring speeds, where the hold-up fraction of film is small, the percentage of benzene converted in the film assumes values higher than 20%. The amount of reaction occurring in the film increases very fast with stirring speed, achieving values around 90% for stirring speeds close to 900 rpm, where the volume of film is more significant compared to the bulk volume. It is interesting to reiterate again in Fig. 15 the close relationship between the amount of benzene converted in the film and the effective interfacial area, which reinforces the importance of correct interfacial area quantification.
Conclusions
An experimental study of the continuous adiabatic benzene nitration with mixed acid was conducted in a pilot plant to reproduce the industrial data and to produce results for modelling this heterogeneous reaction using the film model. Different sets of operating conditions were tested, with special emphasis on the stirring speed, temperature of feed stream and reaction, flow rates, reactants ratio and hold-up fraction. The results show a strong dependence of the reaction on the effective interfacial area, temperature and feed ratio. The film model was used to describe the reaction that, for the conditions tested, occurs in the intermediate regime and the results were compared with the asymptotic solutions for slow and fast reactions, confirming that the intermediate regime leads to the best results. Both the concentrations of benzene and MNB predicted by the model were confronted with the experimental results and an extremely good agreement was registered. The observed second order kinetic rate constant for the benzene nitration was related to the sulphuric acid strength making use of results obtained by previous authors, which proved to be a good strategy. These experiments and modelling work led to a better understanding of the adiabatic benzene nitration process using operating conditions close the ones used in industry. Moreover, by establishing the reaction regime, according to the Hatta number, a relevant contribution has been achieved, which can be very useful for the optimisation and design of this industrial process, not fully established.
The results reported here were obtained for fixed residence time and sulphuric concentration. Nevertheless, it is our aim to study these parameters in the future, as well as to make use of other mathematical models to enable a complete process optimisation.
